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A model is presented that allows calculating the macroscopic flow field of counter-
current two-phase flow in strongly anisotropic porous structures. It is applied to corru-
gated structured packings. All flow field variables and packing properties are averaged
over the volume of an elementary cell. The anisotropic gas flow resistance is derived
from measurements and from separate CFD calculations on 3D-X-ray CT scans. The
liquid’'s flow resistance is calculated using an analytical model of liquid film flow on
an inclined plate. Liquid flow along both preferential flow directions is represented by
two separate phases, in order to consider horizontal forces despite their symmetry.
Gas-liquid momentum transfer above the loading point is included. The macroscopic
flow field is calculated for a 288 mm I.D. column containing four packing elements.
Liquid spreading from a point source, for uniform irrigation, increased hold-up at the
packing elements’ joints and pressure drop are tested against experimental results.
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Introduction

For the separation of liquid mixtures columns equipped with
trays or packed beds are used. A large interfacial area between
gas and liquid is desirable for best heat and mass transfer. To
maximize the driving force, highest mean temperature and
concentration differences are achieved when the phases are
conducted counter-currently through the apparatus.

As an alternative to conventional separation columns with
trays or packed beds, structured packings have become
increasingly popular. It has been estimated that 25% of all
refinery vacuum towers worldwide are equipped with struc-
tured packing.1 Structured packings are mostly made of cor-
rugated sheets of metal or other materials. The layers of cor-
rugated material are arranged with alternating orientation of
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the corrugation thus forming crossing open channels. The
structure can be viewed as a regular porous body with large
surface area and large void fraction. Compared with conven-
tional dumped packings, structured packings feature lower
pressure drop, higher separation efficiency, higher capacity,
and better radial mixing. Because of their structure of cross-
ing channels, they show strong preferential flow directions
for both liquid and gas flow. When operated in two-phase
flow, these preferential flow directions and the low pressure
drop causes structured packings to be more susceptible to
maldistribution of the phases and instabilities in the flow
field, which in turn leads to poor column performance. For
equipment design, scale-up and operation it is therefore de-
sirable to gain better understanding of the hydrodynamics in
structured packings, and to be able to predict flow fields and
operational ranges in those columns.>”

There have been many approaches to model multiphase flow
in packed columns. A large number of one-dimensional models
(i.e., assuming constant phase and velocity distribution over
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cross-section and height of the column) have been developed to
predict pressure drop, liquid hold-up, and mass transfer in
packed columns both from empirical and mechanistic points of
view."*'% The models differ in the way e.g., empirical correla-
tions, geometric features of the packing, partial wetting, inter-
phase momentum transfer or the interaction between momen-
tum and mass transfer are taken into account. The prediction of
liquid hold-up is usually based on the consideration of liquid
films on inclined plates or in pipes.8 Brauer'! derives an analyt-
ical model for gas-liquid flow in vertical pipes. Assuming lami-
nar film flow it allows calculating liquid film thickness as a
function of the interphase shear stress without empirical corre-
lations.

Stoter et al.'? model the three-dimensional gas flow field
in corrugated structured packing by dividing the packing into
cells and solving mass, momentum, and energy balances.
Stoter'? calculates the liquid distribution in structured pack-
ings. On the basis of experimental data he models the split-
up of liquid between cells by solving only the mass balances.
Jiang et al.'"*'® calculate the steady-state flow field based on
the minimization of energy dissipation. A neural network
approach was used by Iliuta et al.'® to model hydrodynamics
and gas-liquid mass transfer in trickle bed reactors based on
extensive measurement data from the open literature. Mewes
et al.!’ adapted the elementary cell model by Arbogast
et al.'® to model two-phase flow in monoliths consisting of
parallel channels. They solve volume-averaged mass and mo-
mentum equations to calculate the instable flow field and are
able to capture liquid maldistribution and recirculation.

Recently, CFD has been used to calculate the local flow field
of single-phase flow through the exact geometry of triangular
channels of a corrugated structured packing'® and packed beds
of spheres.20 Zhang21 compares different turbulence models for
gas flow through a cross-corrugated membrane including heat
transfer. The exact path and break-up of liquid films and rivulets
on a section of packing has been calculated by Hoffmann et al.??
Currently, these approaches using the exact packing geometry
are only feasible for either gas or liquid flow and for small seg-
ments of packed beds only. Modeling two-phase flow at the
scale of the exact packing geometry is not yet feasible for col-
umns of technical dimensions with today’s computing power.

Effects like large scale maldistribution and instabilities in
the flow field can only be modeled, though, if hydrodynamics
of the entire column are taken into account. In the present
study, the macroscopic three-dimensional flow field of an
entire column is modeled and numerically calculated. The
288 mm LD. column contains four elements of structured
packing rotated against each other by 90°. It is a mechanistic
model based on the elementary cell model by Mewes
et al.,'” but extended to be used on the anisotropic porous
structure of corrugated structured packings. It allows calcu-
lating steady-state and dynamic two-phase flow fields under
counter-current operating conditions below and above the
loading point. The modeled phases are water and air. The
results are tested against X-ray radiographic measurements.

The Elementary Cell Model for
Structured Packings

Arbogast et al.'® developed a mathematical model to cal-
culate flow in porous media. Its extension to two-phase flow
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Figure 1. Schematic of four elementary cells in a sec-
tion of structured packing with local velocity
profiles at the cells’ boundaries.

[Color figure can be viewed in the online issue, which is
available at www.interscience.wiley.com.]

including a detailed derivation is given by Mewes et al.'’
The model is based on the idea that the entire porous struc-
ture can be subdivided into elementary cells. An elementary
cell is a representative volume typically comprising several
pores. The local variable values within an elementary cell,
such as velocity, phase fraction, flow resistance and pressure
drop, are volume-averaged by formulating the conservation
equations for mass and momentum for the scale of one ele-
mentary cell. The mass and momentum balances for the
entire media are then set up based on volume-averaged vari-
able values. Its” numerical solution provides the macroscopic
flow field at the scale of the entire porous structure. Thus,
the exact geometry of the pores does not have to be modeled
and the local flow field within each elementary cell does not
have to be known. One of the model’s advantages is that a
relatively coarse numerical mesh (one or few nodes per ele-
mentary cell) is sufficient, thus making calculation of techni-
cal scale columns feasible.

Applied to corrugated structured packings, an elementary
cell is the smallest structure that is recurring periodically in
all three dimensions. In Figure 1, four elementary cells and
velocity profiles at their boundaries are shown schematically.
Although the local velocity varies a lot within the elementary
cell, the velocity profiles at opposite boundaries are almost
identical. This illustrates why—in order to describe the mac-
roscopic flow field within a column with structured pack-
ing—it is sufficient to model the flow field at periodic inter-
vals only. For the elementary cell model, a superficial veloc-
ity is defined through a cutting plane A, of an elementary
cell. For each phase i the superficial velocity f, =&V is
given by

- fAkOC,'\j;"ﬁdA
Ji-n Tv

)
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Figure 2. Schematic of two sheets of corrugated struc-
tured packing material.

An elementary cell and preferential flow directions through
it are indicated. [Color figure can be viewed in the online
issue, which is available at www.interscience.wiley.com.]

where f; -1 is the superficial velocity normal to A; and the
index k refers to the coordinate direction, V; is the local
velocity and «; is the local volume fraction of phase i.

In Figure 2, a segment of packing is shown schematically
and the volume of one elementary cell is indicated. Because
of the periodicity requirement, an elementary cell must
include two sheets of corrugated packing material. The layers
of channels formed by the packing material feature two pref-
erential flow directions within one elementary cell, which are
indicated by arrows in Figure 2. The angle y is measured
from the vertical column axis. All variables of the flow field,
e.g., phase fraction and velocity, are averaged over the vol-
ume of one elementary cell. Assuming similar velocities and
phase fractions in both channel layers, all horizontal vector
components cancel out. Thus, the average velocity over the
entire elementary cell adds up to purely vertical flow.
Equally, the horizontal forces exerted from the packing onto
the fluid for both channel layers are symmetric with respect
to the vertical. They as well add up to zero when averaged
over an elementary cell. Because of this symmetry and the
inclusion of two preferential flow directions in one elemen-
tary cell, horizontal spreading especially of the liquid phase
cannot be captured with just one average velocity vector per
phase and elementary cell.

Below the loading point, the flow field of the liquid phase
is almost exclusively governed by gravity and the resulting
forces between packing and liquid. The strong horizontal
spreading induced by the preferential flow directions is an
essential property of corrugated structured packings. It, there-
fore, cannot be neglected neither for regular steady-state
operating conditions nor for possibly arising instabilities in
the flow field.

Loser” used the elementary cell model for two-phase flow
through dumped and structured packings with a diffusion
model to capture the radial spreading. Though well suited for
dumped packing with isotropic properties, the diffusion
model cannot capture the strong anisotropy of corrugated
structured packings.

In the current study, to model the horizontal forces
between packing and liquid separately for both channel
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layers, the physically homogeneous liquid phase is split up
into two liquid phases. Each liquid phase represents flow
along one sheet of packing i.e., one preferential flow direc-
tion. For the model, the two liquid phases are treated as
interpenetrating fluids which are both present in one elemen-
tary cell, but with different forces acting upon each of them.
A set of mass and momentum conservation equations is for-
mulated for each modeled liquid phase. Mass and momentum
exchange between both modeled liquid phases is accounted
for by specific expressions.

In contrast to the liquid phase, the flow field of the gas
phase is mainly driven by the pressure gradient. The influ-
ence of gravity can be neglected. Besides, mass exchange
between both preferential flow directions is greater than for
the liquid phase. Therefore, the gas phase is described by
one set of mass and momentum balances only. The aniso-
tropic structure of the packing is modeled via a pressure
drop coefficient that depends on the direction and magnitude
of the gas velocity.

Altogether, the presented model employs three sets of con-
servation equations (one for each liquid phase and one for
the gas phase) to calculate the macroscopic two-phase flow
field of physically one liquid and one gas phase. Because of
the large void fraction of structured packings and since the
packing is immobile, the solid packing material is not mod-
eled as a separate phase. This helps to reduce computational
complexity.

A detailed derivation of the model equations can be found
in Mahr** and Mahr and Mewes.?>?® The main ideas, expres-
sions, and resulting equations will be given in the following
paragraphs.

Mass balances

The integral mass balances for any control volume V are
written, assuming incompressibility of all three modeled
phases. Formulating the mass balances for a large control
volume including many elementary cells, the product of
local velocity and local phase fraction can be substituted
piecewise by the average superficial velocity defined by
Eq. 1. Using the Gaussian theorem, these mass balances for
the scale of the entire packing are transformed into their
differential form

Vje=0 @)

Vﬁl = V- 3)

Vi = —Vi—n )

with iy = 0~ %2) n %) 5

where the subscripts g, 11, and 12 denote gas phase, liquid
phase one and liquid phase two, respectively. J stands for the
superficial velocity vector of the phase, and & is the phase
volume fraction averaged over the volume of an elementary
cell VEC~

_ fVEC OC,‘dV

i 6
Vec (6)
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In Eqgs. 3-5, v refers to the effective, volume specific
mass exchange between the two modeled liquid phases. At
is the mean residence time of the liquid phases within a
volume element. The effective mass exchange between the
two modeled liquid phases is assumed to depend linearly
on their difference in volume fractions. Within the packing,
the linear coefficient K represents the contact area fraction
between two adjacent sheets of packing. From 3D X-ray to-
mographic scans of the irrigated packing24 it is estimated to
be K = 0.025. This means that 2.5% of the difference in
volume fraction of the two liquid phases is transferred in
each elementary cell. At the column wall and at the joints
where packing elements are stacked on top of each other,
the exchange coefficient is chosen as 0.5. This results in
equilibration of the liquid volume fractions of both phases.
At the wall, this reflects a redirection of the liquid from the
channel layer towards the wall to the adjacent channel layer
away from the wall. Wall flow due to a gap between pack-
ing and column wall is not specifically accounted for, since
wall flow depends strongly on the gap size, wall wipers,
etc. At the packing elements’ joints, an equilibration of
liquid volume fractions model an equal split of all liquid
between the two channel layers of the downstream packing
element.

By summation of Eqs. 3 and 4 for both liquid phases

Vii +Vjp=Vji =0 (7

one receives Egs. 2 and 7 which are very similar to the
standard continuity equations for incompressible, steady-state
two-phase flow. The only difference is that they use volume-
averaged quantities, and their phase fractions do not add up
to one, but to the average void fraction of the packing.

Momentum balance for the gas phase

Neglecting mass transfer between gas and liquid phase, the
integral momentum balance for the gas phase for any control
volume V can be written as

0 - -
&/(xgpgvg dv + ]{ 0 Py (Vg Vg )dA
v rv)

:—/ochpdV— % Oy Ty - HdA

v r(v)

— [ oy -ildA— %~ﬁdA+/agpg§dV (8)
o o v

Agp Agl

where p, stands for the gas density, I'(V) for the surface of
the control volume V' and 7, is the shear stress tensor at the

boundary of the control volume. The tensor o represents

both pressure and shear stress on the gas phase within the
control volume, with A,, being the surface between gas and
packing, i.e., the unwetted packing surface, and A, the phase
boundary between gas and liquid. g stands for gravity. In
Eq. 8 the first expression on the left hand side is the time-
derivative of momentum and the second expression for the
convective momentum transport. On the right hand side the
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first expression describes the forces due to a pressure
gradient in the flow field, the second expression refers to vis-
cous momentum transfer at the boundary of the control vol-
ume and the third and fourth expressions to momentum
transfer between gas and packing and gas and liquid, respec-
tively.

For the elementary cell, periodic boundary conditions can
be assumed since the velocity profiles at opposite sides of
the elementary cell are almost identical (see Figure 1). For
the scale of the entire packing, the convective and viscous
momentum transfer at the boundary of the control volume is
far smaller than the friction between packing and gas. Thus,
for both scales the second expression on the left and the sec-
ond expression on the right hand side of Eq. 8 can be
neglected. Because of the low gas density, the gravitational
force described by the fifth expression on the right is
neglected as well.

With the above assumptions and substituting averaged for
local quantities, Eq. 8 reduces to

9
E/agpgvgdv: —/agvladv
Vv Vv

Agp Agl

o dA (9)

For steady-state flow, the expression on the left can be set
to zero and Eq. 9 then describes how pressure drop and
forces between gas and packing and between gas and liquid,
respectively, are in equilibrium. Writing the pressure drop as
a linearized function of the gas superficial velocity, a simple
relationship is derived,

ngp,Ec T TdA + ngl_EC T idA
VEc

-

']g

IE]

%, Vp = — (10)
Equation 10 describes the forces between gas and packing
and between gas and liquid averaged over the volume of an
elementary cell Vgc as a function of the averaged superficial
velocity in an elementary cell (see Eq. 1) and the flow re-
sistance tensor ©. The flow resistance tensor 7 is a function
of the direction of the gas velocity to model the anisotropic
packing structure. The tensor also depends on the magnitude
of the velocity, since the relationship between pressure and
velocity is usually nonlinear.

The volume-averaged momentum transfer between gas and
liquid can be separately written as

B Jagee O 7dA

gl =
VEc

an

Thus, the momentum balance for the gas phase Eq. 9 can be
written in its differential form as

o
o (FePele) = 2% VP +1-je. (12)

Momentum balances for the liquid phase

As described before, two sets of momentum balances are
formulated for the liquid phase in order to model flow in
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both channel layers of one elementary cell separately. The
two integral momentum balances for liquid phase one and
two with subscripts 11 and 12, respectively, are

0 . o o
a/oqlplvna,’v—&- 7{ oy py (Vi Vi1 )dA
14 r(v)

:—/oqledV— % dllmﬁdA—/@ﬁdA
Vv

r(v) Aup

- / g-ﬁdA—k/al,lplde—/pl\’lnﬁlz\idV (13)
\4

Agni Vv

0 N " - S
a/fxnp]vn dav + 7{ o oy (VioVip )dA
1% r(v)

:—/oqszdV— % o Tip - A — op - TdA
rw) Anp

- g‘ﬁdA"’/“Uplng*/pl‘}llﬁualdv (14)
v v

Agi

The integration is carried out over a control volume V
with the outer surface I'(V). p; stands for the liquid density,
71 and tpp are the tensors of the shear stresses at the control
volume’s boundary, and gj; and opp are the pressure and
shear stresses between packing or gas and one of the liquid
phases. Ajj, and Ay, are the surface areas wetted by the
respective phase, and A, and Agj, are the phase boundaries
between gas and the respective liquid phase. Viscous mo-
mentum transfer between the liquid phases is neglected, since
each liquid phase represents flow on a different sheet of
packing with little interaction between them. The last expres-
sion on the right hand side of Eqs. 13 and 14 stands for the
convective momentum transfer associated with the effective
mass transfer between the liquid phases. The average veloc-
ity v, is the one of the phase that is effectively transferring.

In general, the same assumptions are made for the liquid
phases as for the gas phase, only gravity cannot be neglected
for the liquid phase. Similar to Eq. 9 for the gas phase, Egs.
13 and 14 simplify to

0
&/a“plﬁ]ldV:—/aqudV— /@ﬁdA
Vv Vv

A]lp

— @~ﬁdA+/auplng—/plleﬁdv (15)
\4 \4

Agll
0 o S,
o oppvpdV =— [ apVpdV — op - ndA
% v App
— 2 -dA + / oqulgdv — / pl‘}11—>12‘_}t dv (16)
Agi2 Vv 1%

The second and third expression on the right hand side of
Egs. 15 and 16 describes the momentum transfer between
packing, gas and the respective liquid phase. In analogy to
Eq. 10 for the gas phase, this expression is written as a line-
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arized function of phase i’s liquid superficial velocity and a
liquid flow resistance tensor ¢; defined by

& 'JTI = fAllp.EC [l ndA + ng“vEC g 7dA .
= Ve
é.ﬁz — fAlZp,ECg'ndA"‘ng]z‘Ecg.ndA s

VEc

The momentum transport only between gas and liquid has
already been introduced by Eq. 11. Both liquid phases con-
tribute to it as expressed by

L . [y on-itdA+ [, op-idA
Dgl = Dgll +Dg12 = Apnpc = Vic Agnpc =
E

19)

The volume-averaged convective momentum transfer due
to the mass transfer between the liquid phases is written as

fVEC o1V, dV

51142 = %
EC

(20)

Using Egs. 17-20, the momentum balances for the liquid
phases Egs. 15 and 16 can be written in their differential
form

0 . R
a(anplvn) = - Vp —&iut+mpg —Duon (21)

0 N o I
a(ﬁxlzplvlz) = —opVp — é Jo+onppg +Duop (22)

Compared with Eq. 12 for the gas phase, Eqgs. 21 and 22
for the liquid phases include gravitational forces and an
expression accounting for the convective momentum transfer
associated with the mass transfer between the liquid phases.
The second expression on the right hand side including the
momentum transfer between gas and liquid phase is espe-
cially important in the loading regime. The first expression
containing the pressure gradient gains importance only near
the flood point.

At the joint between two packing elements, each liquid
phase is assumed to split evenly between both preferential
flow directions, i.e., both liquid phases, in the downstream
element. This has to be accounted for by appropriate bound-
ary conditions or exchange terms at the packing elements’
joints both for mass flux (see Eqgs. 3 and 4) and similarly for
momentum flux.

Anisotropic gas flow resistance

The momentum transport between packing, liquid phases
and gas phase is described by the gas flow resistance tensor
n in Eq. 12. If no liquid is present, this is the dry pressure
drop averaged over one elementary cell. As mentioned ear-
lier, it should be noted in Figure 2, that one elementary cell
includes two adjacent sheets of packing, i.e., one pair of
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Figure 3. (a) Orientation of cut-outs from packing material, (b) photograph of cut-outs, (c) photograph of experi-

mental rig for pressure drop measurements.

[Color figure can be viewed in the online issue, which is available at www.interscience.wiley.com.]

crossing channels. Because of this channel structure, the
pressure drop within the packing is highly anisotropic: it
depends not only on the gas velocity, but also on the flow
direction of the gas. Within the plane of the sheets of pack-
ing, the angle y is measured from the vertical column axis as
indicated in Figure 2. Along the channels (y = *£42°), pres-
sure drop is expected to be lower than along the vertical col-
umn axis (y = 0°), since the gas flow path is much more tor-
tuous then. To measure the directional pressure drop within
the packing sheet plane, sections of packing material
(SULZER MELLAPAK 250.Y PP) are cut out under various
angles with respect to the column axis as indicated in Figure
3a. The sections are narrow to precisely impose a flow direc-
tion through the structure, but long and several sheets of
packing thick to reduce boundary effects (Figure 3b). These
cut-outs fit tightly into a wind tunnel of rectangular cross-
section (Figure 3c). While conducting air at various known
flow rates through the tunnel, the pressure drop over the
packing is measured. The results are presented for an exem-
plary air superficial velocity in Figure 4. Also, the same cut-
outs used in the experiments are scanned three-dimensionally
in an X-ray CT in order to extract the exact surface structure.
From the surface data, a mesh of finite volume elements is
created. A CFD calculation of single phase air flow through
the packing yields the flow field including the pressure drop.
The results are shown in solid symbols in Figure 4.
Measurements and numerical results are in agreement. As
expected, the specific pressure drop along the vertical column
axis (y = 0°) is higher than in direction of the channels. The
minimal pressure drop is achieved at an angle around 40°
which agrees with the corrugation angle of y = 42°. At an
angle of around 90°, the pressure drop is higher than at 0°.
This is reasonable, since the channels form a narrower angle
(84°) with each other when gas is flowing vertically (y = 0°)
and therefore cause lower flow resistance. For all angles,
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pressure drop is found to grow with velocity to the power
of 1.8.

The approach to scan a packing material and conduct a
CFD calculation through the exact packing structure offers a
great advantage over experiments: The directional pressure
drop data to characterize an anisotropic structure is obtained
without actually having to manually cut the packing. Any
type of material can be investigated by scanning it in one pi-
ece and “virtually” cutting sections out of the resulting 3D
mesh.

The CFD calculation through the scanned packing should
not be confused with the CFD calculation of the macroscopic
flow field using the elementary cell model. The CFD calcula-
tion through the scanned packing is possible for single-phase

10 T
mbar/m
& \/ =N
L e N, s
£ g \_,/
z .-
7
g F-factor =, p,0% = 1.52 Pa’*
o measurement
E e numerical solution
o fitted function fy,|
0.1
0 L5 90 135 180°

angle of cut-out from packing material *

Figure 4. Measurements and numerical results for the
anisotropic pressure drop of corrugated
structured packing.
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Figure 5. Schematic of laminar film flow on an inclined
plate.

[Color figure can be viewed in the online issue, which is
available at www.interscience.wiley.com.]

flow and volumes of a few cubic centimeters only. It pro-
vides valuable input data for the elementary cell model,
though.

From the measurements or numerical CFD results on the
packing cut-outs, the anisotropic gas flow resistance tensor ©
(see Eq. 10) is interpolated as a function of direction and
magnitude of gas velocity. The dependency on direction like
shown in Figure 4 is interpolated by

4
b -
Za {cos (2i(y, +48%)) + cos (2i(y, 748"))} modr
m
i=0
(23)
ap = 1.83
a; =2.50
with parameters for F= 1.52Pa’> being a» = —0.178
a3 = 0.263
as = —0.161

Numerical results of the macroscopic flow field using the
anisotropic flow resistance tensor show that spreading of gas
flow from a point source is very well reproduced.

Anisotropic liquid flow resistance

For operating conditions below the loading point, gas-lig-
uid momentum transfer is negligible, and for moderate liquid
flow rates laminar film flow can be assumed. The flow resist-
ance tensors &; for the two modeled liquid phases i = 1, 2
[see definitions (17) and (18)] are derived from the laminar
film flow model on an inclined plate. Figure 5 shows a sche-
matic of the model exemplary for liquid phase 11.

Assuming a steady-state laminar film, the balance of forces
on the film allows to correlate average film velocity V), .,
film thickness J;, inclination angle y and gravity g, yielding

pICOS(Vlzéf

24
3 24

Vijr = —

In Eq. 24, p, is the liquid density, y is the inclination angle
of the plate measured to the vertical, g is gravity and #, the
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liquid viscosity. As indicated in Figure 5, the coordinate and
index x* refers to the direction or component parallel, and y*
normal to the plate. The forces acting from the plate onto the
fluid film are F); .« parallel and F; ,« normal to the plate. The
shear force Fy; .+ acting on the liquid phase i within a control
volume V of the column can be written as a function of
liquid film thickness,

Fii
\%

fmmﬁwﬂ)f*dmme) (25)

where ap/2 is the volume specific surface area of the packing
material which is available to liquid phase i. For the elemen-
tary cell model, the shear force in Eq. 25 is expressed as a
function of the average film velocity (see Eq. 24), giving

Fli.x* _ ap vll x*
%4 2 ’vlt X+

\/ 3mpgeos ()|l 6)

The volume specific normal force is written as a function
of the weight of the liquid film and the inertia normal to the
plate,

Fii
%

Viiy*

= oy; pig sin (y) — oy —=— AL oy 27

In Eq. 27, At is the residence time of the fluid in the con-
trol volume. The second expression on the right hand side
expresses that all inertia normal to the plate is absorbed.
From Egs. 26 and 27, the flow resistance tensors 5, defined
in Egs. 17 and 18 are formulated.

Interphase momentum transport

For operating conditions below the loading point, the mo-
mentum transport at the phase boundary between liquid and
gas is negligible. In the loading regime, it cannot be
neglected and therefore has to be included in any model
which is intended for the full range of operating conditions.

The model employed here is based on the analytical calcu-
lation of shear stresses acting on a laminar liquid film in a
vertical pipe as described by Brauer.!' It extends the model
of laminar film flow on an inclined plate presented in the pre-
vious paragraph. A sketch of a liquid film influenced by the
counter-current gas flow is shown in Figure 6. The dimen-
sionless shear stress at the phase boundary tj is given by

T
gpmo’

*
Ts =

(28)

where g is gravity, p; stands for the liquid density and ¢ for
the liquid film thickness. Depending on the dimensionless
shear stress, the resulting velocity profiles of gas and liquid
are shown schematically in Figure 6b. In order to calculate
nonstationary flow fields including potentially arising upward
liquid flow, a limitation to counter-current flow shall not be
made here.

Assuming that pressure- and accelerating forces are negli-
gible, a force balance leads to the relationship

(1-3e)" )
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Figure 6. (a) Schematic of gas liquid film flow in a ver-
tical pipe, (b) velocity profile of the liquid film
as a function of the dimensionless shear
stress at the phase boundary as described
by Brauer.'!

between the liquid film thickness influenced by the gas flow
¢ and the liquid film thickness with negligible gas flow .
In Eq. 29 it is assumed that the liquid film thickness is small
compared to the pipe radius. Taitel et al.>’ prove that this
restriction might as well be dropped, since the exact film
thickness deviates only marginally from the one calculated
with Eq. 29.

Additionally, it is assumed that a minimal liquid film
thickness O, exists, under which the film tears open into
rivulets. The packing surface wetted by liquid phase i shall
be approximated by

ap i

—y with y =

) @ (30)

max (0t;,0min 5 )

After rearrangement with the above assumption, one
receives

2. 1/3
Fii _ 3m (ap prg cos (1)) i 31
v 4 1-37; '

Equation 31 replaces Eq. 26 which was valid only for oper-
ating conditions below the loading point. The denominator of
the right hand side of Eq. 31 describes how the liquid film
thickness grows due to gas flow. The dimensionless shear
stress at the phase boundary is calculated from the pressure
gradient. Equation 31 includes the forces on both sides of the
liquid film, namely shear stress at the packing surface and
shear stress at the phase boundary with the gas phase.

Implementation

The model is implemented in the commercial software
package CFX 10.0 to calculate the counter-current two-phase
flow of water and air. Three continuous Eulerian phases are
employed to model one gas phase and the two liquid phases.
The phases are water and air at 25°C. The modeled packing
is SULZER MELLAPAK 250.Y made from polypropylene.
It features a corrugation angle of 42° and a specific surface
area of 250 m*/m°.
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The three-dimensional numerical mesh shown in Figure 7
comprises 67,000 volume elements. It represents a column of
960 mm height with 288 mm inner diameter. The column
contains four elements of packing, which are rotated against
each other by 90°. An effective corrugation angle of 19° is
used for the liquid phases. The effective corrugation angle
results from the three-dimensional inclination of the packing
surface and can be analytically derived.'® The channels cre-
ated by the corrugations are oriented at an angle of 42° to
the vertical. The channels themselves have a triangular cross-
section: the walls of the channels are inclined by 43° against
the packing sheet plane. The inclined surface that the liquid
sees is a geometric summation of both the channel’s orienta-
tion and the channel wall’s inclination. Therefore, the effec-
tive inclination that the liquid follows is much steeper than
just the corrugation angle. Projecting the liquid’s path along
the steepest inclination onto the vertical packing sheet plane
yields an angle of 19° between the projected path and the
vertical column axis. The projected path is the direction in
which you see the liquid flowing in a projection image like
the radiography in Figure 9. It should be noted that for the
gas phase, these considerations of flow on the inclined plate
do not apply. As confirmed by the experimental results, the
gas phase is guided along the corrugation angle of +42°.

Gas and liquid are fed to the column via mass source
terms within the numerical grid below, respectively above
the packed section, like e.g., for an absorption or desorption
process. The phases leave the column at the top, respectively
bottom face of the column, where outlet boundary conditions
are applied. Calculations are performed on a Dell PWS 650
PC with dual Xeon 2.8 GHz processors and on an IBM
pSeries 690 supercomputer of the HLRN (High Performance
Computing Network of Northern Germany) at the Regional
Computing Cluster of Lower Saxony in Hannover.

Results and Discussion

Figure 8 shows numerical results of the three-dimensional
column model. Liquid is fed from a point source just above

(2l

(b}
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Figure 7. Mesh used for numerical calculations.

[Color figure can be viewed in the online issue, which is
available at www.interscience.wiley.com.]
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Figure 8. Numerical result for liquid fed from a point source at 40 m®/(m? h) and F = 0.8 Pa®® (a) vertical x-y plane,

(b) vertical y-z plane, (c) horizontal x-z planes.

the packed section. The liquid flow rate corresponds to a lig-
uid superficial velocity of j; = 40 m>/(m? h), the F-factor of
the gas phase is F = 0.8 Pa”3, which is well below the load-
ing regime. The packed section comprises four packing ele-
ments each rotated by 90° around the column axis. In Figures
8a, b vertical planes through the column are visualized. The
liquid phases’ volume fractions and velocity vectors are
shown separately for both modeled liquid phases. In Figure
8a on the left it can be seen how liquid phase 1 is guided
from the point source above the top packing element along
the preferential flow direction to the left towards the wall.
The angle of the velocity vectors is 19° to the vertical, which
agrees with the theoretically derived flow direction of the lig-
uid film on an inclined plate mentioned before. Liquid phase
2 flows symmetrically to liquid phase 1 with respect to the

integral
liquid
thickness d,

lzITIII'I

V, = 1001/h, F-factor = 0Pa?s

Figure 9. Spreading of liquid fed from a point-source in
between two sheets of MELLAPAK 250.Y (PP)
structured packing.

The integral liquid thickness is measured by X-ray projec-
tion.
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vertical. When reaching the joint between packing elements
one and two, the liquid is redistributed evenly between both
preferential flow directions in the downstream packing ele-
ment. Because of the 90° rotation of the packing elements,
the preferential flow directions in the second packing element
are normal to the x-y planes shown in Figure 8a. The spread-
ing in the y-z plane can be seen in Figure 8b. Towards the
bottom of the four packing elements, the liquid is distributed
uniformly over the column’s cross-section. Figure 8c shows
horizontal cutting planes through the column color-coded
with the total liquid hold-up of both modeled liquid phases.
Because of the strong preferential flow directions, most of
the liquid is guided along the 19° angle, resulting in two
local maxima in liquid phase fraction, as can be seen in the
horizontal planes through the first packing element.
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Figure 10. Numerical result for the 3D-column with uni-
form liquid irrigation (a) horizontal cutting
planes, (b) vertical plane, (c) comparison of
calculated and measured liquid phase frac-
tion, averaged over horizontal planes.
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To verify the flow pattern of the liquid through the struc-
tured packing, experiments have been conducted with the
same type of packing and water as the model fluid. Figure
9 shows an X-ray projection measurement of two sheets of
structured packing material. Liquid is fed from two point-
sources on the inward-facing surfaces of the two sheets of
packing. A liquid film forms on both inner sides of the
packing material. The holes in the packing have been
sealed in order to keep all liquid in between both sheets.
There is no gas flow. The integral liquid film thickness is
measured by X-ray projection: A fan beam of X-rays is
emitted from the X-ray source. The X-rays are attenuated
along their path through the packing material and the lig-
uid. On the opposite side of the test rig, the attenuated X-
rays are detected by a line detector. Line-by-line the test-
rig is scanned in 0.5-mm intervals giving a full projection
image of it. Knowing the X-ray attenuation coefficient of
the liquid, the integral liquid film thickness is calculated
from the image of the irrigated packing and a reference
image of the dry packing using Lambert-Beer’s Law. A
detailed description of the experimental rig and procedure
is found in Mahr and Mewes.”®

Figure 9 visualizes the result of a projection measurement,
where the color indicates the integral liquid thickness. It con-
firms that at low liquid flow rates most of the liquid is
guided mainly along the preferential flow direction of =19°
to the vertical. Only a little liquid is kept in the grooves of
the corrugation due to surface tension, and flows along the
corrugation angle of *£42° to both sides. In agreement with
the numerical result in Figure 8, a local minimum of liquid
hold-up is found straight below the injection point.

In Figures 8 and 9 the characteristic test case of a liquid
point-source is shown. It also serves as a test case for how the
model can deal with extreme maldistribution of the liquid
phase. In industrial applications, of course, one always aims at
achieving a uniform irrigation. A numerical result for such a
case with is presented in Figure 10. Here, the liquid superficial
velocity is j; = 60 m’/(m? h) and the F-factor is F = 1 Pa%>.
The resulting liquid distribution in each cross-section is nearly
uniform, see Figure 10a. The velocity vectors in Figure 10b
show that the flow direction of the two modeled liquid phases
of 19° to the vertical is the same as for the liquid point-source.

In Figure 10c, the calculated and measured liquid fraction
averaged over the horizontal plane are plotted against the
vertical column coordinate. Around the packing joints, liquid
hold-up is considerably higher than within the packing ele-
ments. Siiess and Spiegel” have measured this effect using
y-ray projections for operating conditions above the loading
point. Because of its higher spatial resolution, X-ray projec-
tion measurements reveal that in a very narrow region around
the packing element joints, liquid hold-up is much higher
even below the loading point®* (see Figure 10c). The numeri-
cal results shown in Figure 10 reflect this behavior without
any model expressions specifically tailored towards it. The
elevated hold-up in the numerical results is due to the decel-
eration of the liquid film, which is caused by the change in
orientation of the preferential flow directions and absorption
of inertia normal to the packing sheet plane (see Eq. 27).

For the numerical results presented above, the gas flow
rate has always been well below the loading regime. This
way, the gas-liquid interaction described by Eq. 31 is
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Figure 11. Average liquid hold-up from numerical
results and X-ray radiographic measure-
ments, both with uniform liquid irrigation.

included in the model, but it is rather weak and does not
lead to instabilities in the flow field, which might be mislead-
ing when judging the liquid distribution behavior. To evalu-
ate the impact of the gas-liquid interaction and the robust-
ness of the model at high gas flow rates, calculations with
uniform liquid distribution similar to Figure 10 have been
conducted for various gas flow rates. Some results are pre-
sented in Figure 11 in comparison with experimental results.
The measurements were done on a 123-mm ILD. column
equipped with MELLAPAK 250.Y (PP) structured packing.
Water and air are the model phases and X-ray radiography is
used for precise hold-up measurement. For details of the ex-
perimental rig and procedure please refer to Mahr and
Mewes.?® The liquid hold-up from both numerical and exper-
imental results is averaged over the packed section and plot-
ted versus the gas flow rate represented by the F-factor.
Below the loading point, the gas flow rate has almost no
effect on the liquid hold-up. The measurement data for j; =
67 m*/(m> h) show a constant liquid hold-up up to an F-fac-
tor of about 1.3 Pa®>. Above this gas flow rate, the packing
is operating in the loading regime where stronger gas-liquid
momentum transfer leads to increasing liquid film thickness
for increasing gas flow rates. The calculated liquid hold-up is
in agreement with the experimental results, which is note-
worthy keeping in mind that the model does not contain any
empirical parameters fitted to measurement data. The numeri-
cal results suggest that liquid hold-up is slightly increasing
below the loading point already, though. The model calcu-
lates liquid film thickness based on the relation between film
thicknesses with and without gas flow as a function of the
dimensionless shear stress 7§ at the gas-liquid phase bound-
ary (see Eq. 29 and Figure 6). For this function, the counter-
current flow region starts at t; = 0 (i.e., quasi-zero gas
flow), and here already the gradient of Eq. 29 has a value
greater than zero. Therefore, the model calculates an increas-
ing film thickness and thus growing liquid hold-up even for
small gas flow rates. In reality, though, the assumption for
the model, that the liquid film is spread evenly over the
entire packing’s surface with constant thickness, is not quite
correct. A considerable fraction of the liquid flows as rivulets
in the grooves of the packing corrugations, or it forms fluid
bridges at the contact points between two sheets of packing
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Figure 12. Numerical result for nonstationary boundary conditions.

At t = 0, liquid is fed from a point source [j; = 40 m>/(m? h)] at the column head into the gas-filled column (F = 0.8 Pa%3). For each
time step, the total liquid hold-up is visualized in horizontal planes on the right, and an iso-surface of the total liquid hold-up «; = 0.055

is presented on the left.

material (cf. Figure 9). In these cases, the effect of gas flow
on liquid hold-up is much smaller than for a smooth liquid
film. Therefore, theory over-predicts the effect of gas flow
on liquid hold-up for low gas flow rates.

Above a gas flow rate of F = 1.6 Pa%3, which is in the load-
ing regime towards the flood point, the slope of the calculated
hold-up curve increases in accordance with measurement data.
Calculations for F = 2.0 Pa’° show that the flow field is not
stable any more. Especially at the packing elements’ joints, lig-
uid velocity vectors are not facing uniformly downwards like
for lower gas flow rates. This indicates that the model correctly
predicts the onset of flooding. It should be pointed out again
that the model does not contain any empirical correlation for
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loading or flood point prediction. For operating conditions
close to the flood point, time steps have to be chosen very
small, but with some more work on robust convergence, the
model seems to be well suited to calculate highly unstable flow
conditions over a longer period of time as well.

So far, all presented numerical results are for stationary flow
conditions. The model’s ability to calculate non-stationary flow
fields is demonstrated in Figure 12. Figure 12 shows a time se-
ries of results for a flow field that is dynamic due to time-de-
pendent boundary conditions for the liquid feed. At ¢ = 0, liquid
is fed from a point source at the column head into the empty,
i.e., gas-filled column. The liquid superficial velocity averaged
over the column’s cross section is j; = 40 m>/(m? h), the F-fac-
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tor of the gas phase is FF = 0.8 Pa®. For each time step, on the
left side an iso-surface of the liquid volume fraction o;; = 0.055
is shown. On the right side, horizontal planes through the pack-
ing elements are visualized. The color scale refers to the liquid
volume fraction. In the first packing element, the liquid spreads
along the two preferential flow directions producing two
regions of local maximum liquid hold-up like in Figure 8.
Because of the rotated orientation of the second packing ele-
ment, each region again splits up into two regions of local maxi-
mum liquid hold-up. This results in four regions of local maxi-
mum liquid hold-up at the joint between the second and third
packing element. Also, the liquid hold-up around the packing
joint is slightly higher, as can be seen for example at = 1.8 s.
As can be seen from the time-series, the liquid velocity is the
highest along the preferential flow directions. In the third pack-
ing element, the iso-surface of the liquid volume fraction o =
0.055 extends to the column wall. Although the preferential
flow directions still influence the liquid flow field in the fourth
packing element, the liquid distribution is fairly uniform here.

The calculated flow field is dynamic due to the time-de-
pendent boundary condition for the liquid feed at the column
head. The flow field is stable, though, which can be seen
from the constant liquid distribution e.g., in the first packing
element for + > 0.8 s. An unstable, dynamic flow field would
be expected only for operating conditions close to and above
the loading point. The presented results confirm that the
model is well suited for to calculate dynamic flow conditions
even with extreme maldistribution of the phases. With
increasing gas flow, the model predicts increasing liquid
hold—up,24 and preliminary results confirm that around the
loading point, the model correctly predicts liquid flow direc-
tion changing from downward to upward in parts of the col-
umn. This indicates that the presented model will be able to
capture unstable operating conditions as well.

Conclusions

The elementary cell model is extended to model two-phase
flow through structured packings. The anisotropic flow resist-
ance is modeled by a directional pressure drop for the gas
phase. Two liquid phases are used to model radial liquid
spreading based on a laminar film flow assumption. The
interphase momentum transfer is accounted for by an analyti-
cal expression. The model is implemented for a three-dimen-
sional column of 0.84 m packed height. It contains four
elements of MELLAPAK 250.Y structured packing, each
rotated by 90° against each other. For this mesh, steady-state
and dynamic flow fields for counter-current flow of water
and air are calculated. For liquid fed from a point source, its
calculated spreading pattern agrees well with X-ray projec-
tion measurements of a quasi two-dimensional experimental
set-up. Elevated liquid hold-up is observed at the packing
elements’ joints. The model promises to be easily used to
calculate flow fields in columns at an industrial scale. It is
suited for extreme maldistribution of the liquid phase and
promises to be applicable to unstable flow conditions as well.
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Notation

a = specific surface (m>m 3
A = area, cutting plane (m?)
D = volume specific momentum transfer (kg m2s7?
F = force (N)
. g = gravity (m )
j= (]'X,jy’jz) = superficial velocity vector (m s~ ')
K = linear mass exchange coefficient (—)
71 = vector normal to surface (—)
p = pressure (Pa)
t = time (s)
At = residence time (s)
(Vx, vy, Vz) = velocity vector (m s~ ")
(‘7)” Vs \72) = average velocity vector (m s ')
V = volume, control volume m>)
V = volumetric flow rate m?®s™h
X, y, z = cartesian coordinates (m)
x*, y* = coordinates parallel and normal to the packing sur-
face, respectively (m)

V=
V=

Greek letters

o = phase volume fraction (-)
o = average phase volume fraction (-)

0 =liquid film thickness (m)

¢ = void fraction (-)

y = inclination angle of plate or corrugation, measured to

vertical (rad)

7 = wetted fraction of packing surface (-)

I' = boundary of control volume (m?)

1 = viscosity (kg m~' s7 1)
= flow resistance tensor of the gas phase (kg m s
= density (kg m~?)
stress tensor (N mfz)
shear stress tensor (N m™2)

flow resistance tensor of the liquid phase (kg m~%s™ ")

wdia [1Q < 118
Il

Subscripts

EC = elementary cell
f = free or void fraction
g = gas phase
gl/gll/gl2 = between gas and liquid/between gas and liquid phase
1/between gas and liquid phase 2
i =index of phase, i = g, 11, 12
k = index of coordinate direction, k = x, y, z
1/11/12 = liquid phase/liquid phase 1/liquid phase 2
11 p/12 p = between liquid phase 1 and packing/between liquid
phase 2 and packing

p = packing
t = of the effectively transferring or originating liquid
phase
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